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Abstract     11 

The ability of direct contact membrane distillation to concentrate the waste effluent from salty 12 

whey, a by-product from the cheese making industry has been investigated. The effect of trace 13 

protein in the feed, cross-flow velocity and feed acidity were the factors examined.   Flat Sheet PTFE 14 

membranes of nominal pore sizes 0.05, 0.22 and 0.45µm were utilised. A decline in feed flux In the 15 

presence of trace protein in the feed was observed, but liquid penetration through the membrane 16 

could still be prevented by utilization of a membrane of smaller pore size, to achieve a final total 17 

solids concentration of ±30% w/w with water recovery from 37-83 %. The pressure-drop across the 18 

channel length was also predicted accounting for the feed spacer. To increase the channel length up 19 

to 1m will require operation using the smallest pore size of 0.05µm, unless very low cross-flow 20 

velocities are used. The fouling of the membrane is primarily governed by precipitation of a calcium 21 

phosphate salt. However, operation at low pH does not improve the flux or the final salt 22 

concentration significantly.     23 

 24 
Keywords: Membrane distillation, dairy salts, pressure drop, fouling. 25 

26 

1 | P a g e  
 



 27 

Nomenclature 
 Description SI unit 
B Pore geometric factor - 
C Molar concentration mol/m3 
c Salt concentration g/L NaCl equivalent 
Ctd Total Drag  
dH Hydraulic diameter m 
f Fanning friction Factor  
jv Water flux kgm-2s-1 
kcp Mass transfer coefficient  ms-1 
Km Overall mass transfer coefficient ms-1  
LEP Liquid entry pressure Pa 
Lmesh Mesh element length m 
N Mass flux kg m-2s-1 
Re Reynolds number - 
rpore Pore radius m 
Sc Schmidt number - 
Sh Sherwood number - 
u Tangential velocity m/s 
V Tank Volume  L 
µ Viscosity Pa.s 
γ Liquid surface tension N.m-1 

ΔPm Pressure drop across the membrane Pa 
θ Liquid-surface contact angle O  

ρ Density Kg.m-3 
   
Subscripts  
b Bulk  
d Permeate tank  
f Final  
F Feed  
i Initial  
m Membrane surface  
p Permeate  

 28 
29 
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 31 

1. Introduction 32 

The increasing salinity of inland waterways is a major environmental issue in Australia and the 33 

generation of saline waste in dairy processing adds to this problem. The dairy industry is one of the 34 

largest rural industries in Australia and produces 10.3 GL/y of high salinity effluent (Wilkinson et al. 35 

2004). Salty whey, a by-product of hard cheese manufacture, contributes to this effluent load. The 36 

salt concentration ranges from 3 to 19% w/w, while the protein and fat concentration is commonly 37 

lower than 1% w/w (Blaschek et al. 2007). Through the use of low energy ultrafiltration (UF), the 38 

traces of fat and protein can be completely removed, yet a large volume of saline waste is still 39 

generated. This is a paramount issue since direct discharge of this salty effluent to the environment 40 

would disrupt the ecological balance. As a consequence, the effluent must either be diluted with less 41 

salty streams before discharge, or alternatively concentrated and then evaporated to dry solids 42 

within a waste treatment pond.  43 

Reverse osmosis (RO) is widely utilized for the concentration step. Nonetheless, as the osmotic 44 

pressure increase, the efficiency of RO decreases. An emerging alternative is membrane distillation 45 

(MD) (Alkhudhiri et al. 2012a, Alkhudhiri et al. 2012b, Alklaibi and Lior 2005, Angela et al. 2011, 46 

Bandini et al. 1992, Bandini and Sarti 1999, Curcio and Drioli 2005, Fane et al. 1987, Findley 1967, 47 

Gostoli et al. 1987, Gryta 2012, Gryta et al. 2013, Hausmann et al. 2012, Hausmann et al. 2013, Hsu 48 

et al. 2002, Khayet et al. 2007, Khayet Souhaimi and Matsuura 2011, Schofield et al. 1990, 49 

Tomaszewska 2000, Van der Bruggen and Vandecasteele 2002, Yun et al. 2006). The use of 50 

membrane distillation at a large scale is still rare; however it has the potential to concentrate the 51 

waste stream to higher solid levels than an RO process. 52 

An advantage of this process compared to conventional pressure-driven filtration is that it 53 

requires only low pressures and moderate temperatures and thus can utilize a membrane with lower 54 

mechanical strength (Burgoyne and Vahdati 2000, Fritzmann et al. 2007, Khawaji et al. 2008). 55 
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Furthermore, MD can theoretically achieve 100% rejection of salts and particulates i.e. only volatile 56 

solvents in the vapour form are able to travel through the membrane,  Finally, as the process 57 

operates at only moderate temperatures it can be readily driven by waste heat or solar energy.  58 

Unlike pressure-driven filtration, the mass flux across the membrane (N) in MD is driven by the 59 

water vapour partial pressure difference across the membrane ( , which is essentially influenced 60 

by the temperature gradient on the membrane surfaces (Equation 1).  61 

Eq 1.  62 

where Km is the mass transfer coefficient of water vapour through the membrane itself. The 63 

vapour pressure of water on the feed side is also affected by the solute concentration. With a 64 

significant increase in solute (salt) concentration, the water activity will fall resulting in a reduction 65 

of this partial pressure and thus a loss in partial pressure driving force.  66 

The MD process uses a porous membrane with pore sizes comparable to that of microfiltration or 67 

ultrafiltration (Laganà et al. 2000, Lawson and Lloyd 1997, Martínez-Díez and Vázquez-González 68 

1999, Martínez-Díez et al. 1998, Zhang et al. 2010). The membrane pores must not be wetted by the 69 

feed solution. Pore wetting leads to deterioration of permeate quality as liquid crosses the interface. 70 

The susceptibility towards pore wetting can be characterised by the liquid entry pressure (LEP) of the 71 

membrane. This is the pressure where liquid first penetrates through the membrane pores. It can be 72 

measured experimentally, but also predicted by the Laplace-Kelvin equation as follows:  73 

 74 

    Eq 2 .  75 

Where B is a factor representing the pore geometry (0 <B< 1, unity for a cylindrical pore), γL is the 76 

liquid surface tension, θ the liquid/membrane contact angle and rpore is the maximum pore radius 77 

(Khayet Souhaimi and Matsuura 2011, Lawson and Lloyd 1997). As indicated by Eq 2, pore wetting 78 

can be minimised by using a hydrophobic membrane material of a uniform, small pore size (Kayet 79 

and Matsuura 2011, Lawson and Lloyd 1997, Mulder 1996, Siminoni 2010, Simioni 2010).  80 
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Furthermore, polarization phenomena (both temperature and concentration) can reduce the 81 

efficiency of heat and mass transfer. Temperature polarization causes a temperature reduction from 82 

the bulk feed (hot side) to the feed side membrane surface, while concentration polarization causes 83 

the salt concentration to build up within this boundary layer.  The mass transfer coefficient within 84 

the concentration polarisation boundary layer (kcp) is governed by the cross-flow velocity (CFV). This 85 

mass transfer coefficient can be estimated using a dimensionless mass-transfer correlation (Equation 86 

4).  87 

Eq 3.  88 

For a slit channel with net spacer equipped, A = 0.664, x = 0.55, y = 0.33, z = 0.5 (Da Costa et al. 89 

1994). The Sherwood number,   where D is the diffusion coefficient and dH is the 90 

hydraulic mean diameter. The Reynolds number,  , the Schmidt Number,   ,  and 91 

. Lmesh is the length of the mesh element. 92 

This estimate of the mass transfer coefficient can be used to determine the polarisation ratio, which 93 

relates the bulk solute concentration (Cb) to that at the surface of the membrane (Cm), given the 94 

solution density (ρ) and the permeate volumetric flux(jv) is known: 95 

Eq 4.  96 

The membrane polymer matrix itself can also act to conduct heat from the hot to the cold side 97 

reducing energy efficiency. To reduce this, a membrane of high porosity, low tortuosity and low 98 

polymer thermal conductivity (Khayet Souhaimi and Matsuura 2011, Souhaimi and Matsuura 2011) 99 

should be used. To satisfy these characteristics, hydrophobic microporous materials such as 100 

polypropylene (PP), polydivinyldenedifluoride (PVDF) and polytetrafluoroethylene (PTFE) form the 101 

most adequate membranes.  102 

The focus of this study is to assess the ability of direct contact membrane distillation to 103 

concentrate the saline waste stream generated as a by-product of cheese making and containing 104 
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high concentrations of salt and lactose; and trace amounts of protein. The effect of trace protein on 105 

the permeate flux and pore breakthrough is investigated. As a hydrophobic membrane material is 106 

utilized, protein analyses are crucial since protein will be strongly attracted to the membrane surface 107 

and this could lead to liquid penetration into the pores, or fouling of the membrane surface. 108 

Previous work has shown that mineral scaling can also be a significant issue in concentrated salt 109 

solutions with respect to both pore breakthrough and membrane fouling(Edwie and Chung 2012). 110 

We investigate this issue by observing the system performance at low pH, as this approach is known 111 

to eliminate calcium salt scaling in dairy systems(Rice et al. 2009a). Furthermore, the impact of 112 

cross-flow velocity on flux, pore breakthrough and pressure drop is considered.  113 

 114 

2. Materials and methods 115 

2.1. Materials 116 

Polytetrafluoroethylene (PTFE) membranes with a polypropylene (PP) non-woven support layer 117 

were used. The membranes were supplied by Sterlitech as dry coupons with pore sizes 0.05 µm, 0.2 118 

µm and 0.45 µm. The membranes were cut to size and used without any pretreatment. 119 

For ultrafiltration pre-treatment, a polyethersulfone (PES) membrane of pore size 10kDa was used 120 

(Koch), while for microfiltration pre-treatment, a PES membrane with pore size 0.1µm (Koch) was 121 

utilised. Both membranes were preserved in glycerol and so prior to use the membrane was flushed 122 

with deionised water to remove this preservative.  123 

All chemical reagents utilized were analytical grade. Sodium hydroxide pellets, hydrochloric acid 124 

(HCl, 37.0%) , sodium chloride (NaCl, >99 %), magnesium chloride hexahydrate (MgCl2.6H2O, >99%), 125 

potassium chloride (KCl, >99%) and calcium chloride dihydrate (CaCl2.2H2O, >99%) were purchased 126 

from Chem Supply.     127 

Bovine serum albumin (BSA, >99%) for Bradford analysis was supplied by Sigma Aldrich and 128 

concentrated dye reagent from BioRad. Precast Tris-HCl gel 12% gradient, 20x Tris-Glycine SDS, 4x 129 
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sample buffer, molecular weight standard SeeBlue plus2 were supplied by Novex, Life Science 130 

Technology.      131 

Purified water utilized for filtration experiments and cleaning had a resistivity greater than 15.5 MΩ-132 

cm (Millipore Elix), while buffer, stock solutions and standards for analysis were prepared using 133 

water with resistivity greater than 18.2 MΩ-cm (Millipore MilliQ). 134 

Salty whey effluent was kindly supplied from two different dairy factories in Victoria Australia and 135 

these samples are labelled here as B1, B2, B3 and B4. The streams are a by-product from the 136 

production of various hard cheese types. The B1, B2 and B4 samples were drawn from the permeate 137 

stream of an ultrafiltration unit used to recover saleable protein from the salty whey. Conversely,   138 

sample B3, was received prior to any filtration.  Hence, upon arrival in our laboratory, the excess top 139 

layer of fat was removed from this sample using a centrifuge. The supernatant was then filtered 140 

using a 0.1µm microfiltration membrane (Koch) to remove residual fat and protein.  141 

In each case, the effluent sample was transported in a refrigerated truck and then stored at 4oC until 142 

use. Each solution was used within 4-6 weeks of delivery.  143 

 144 

2.2.  Methods 145 

Direct contact membrane distillation was conducted in a counter-current configuration to maintain 146 

the temperature gradient. The schematic diagram of the MD rig is depicted in Figure 1. The 147 

filtration cell was constructed using polycarbonate material to avoid excessive heat loss to the 148 

environment with an active membrane area of 0.014m2 (14.6cm x 9.5cm). The feed and permeate 149 

channel depths were each 0.97mm to accommodate a low foulant 17 mil diamond type feed spacer 150 

(spacer porosity, ε = 0.5, Mesh length, Lmesh = 0.000432m, hydraulic mean diameter, dH = 2.41x10-4 151 

m, calculated from formulae provided in Da Costa et al.(1994), Sterlitech. USA).  152 

Heated feed solution was circulated to the bottom compartment at 50oC, whereas the cold clean 153 

water permeate stream was provided to the top compartment at 10oC. Due to heat transfer effects, 154 
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the temperature on the hot side typically fell from 50oC to 44oC across the module length and for the 155 

cold side it increased from 10oC to 16oC. The PTFE (active)/PP(support) membrane was mounted 156 

with the active side facing the hot feed stream. 157 

The feed and permeate flows were delivered using positive displacement gear pumps – a  Hydracell 158 

M03 on the feed side and a Micropump-83589 in the permeate line. Temperature and pressure 159 

indicators (Swagelok) were installed in the inlet and outlet stream of both the feed and permeate 160 

side. Back pressure regulators were installed in the return lines of feed and permeate but remained 161 

fully open throughout experiments. The inlet feed pressure ranged between 20 kPa to 110 kPa 162 

gauge at the initial feed concentration, dependent upon the crossflow velocity. This pressure 163 

reached 25 to 152 kPa gauge at the highest solute concentration at the end of each experiment. The 164 

permeate pressure ranged from 20 kPa to 120 kPa gauge for cross flow velocities from 0.13 to 0.27 165 

m/s.  166 

  167 

Permeate flux was measured by recording the mass change of the permeate tank (every 100s) using 168 

an O’Hauss Balance with data logger. The conductivity within this tank was recorded using a 169 

conductivity meter (CRISON-GLP 31) every 300s. This conductivity was converted to an equivalent 170 

NaCl concentration (cd)  based on a calibration curve. The permeate tank contains an initial volume 171 

of around two litres of cold water(Vpi), so the actual permeate salt concentration is calculated after 172 

subtraction of this volume of water  from the final tank volume (Vpf) i.e.: 173 

Eq 5 .  174 

The water recovery was calculated from the change in the total solids concentration in the feed tank 175 

(cF) between the beginning (i) and the end(f) of the experiment: 176 

Eq 6.  177 

 178 

where VF represents the volume in the feed tank.  179 
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The cleaning-in-place (CIP) of the membrane was conducted by circulating solutions in an acid-base-180 

acid cleaning cycle as the major foulant was mineral scaling, with only a low concentration of organic 181 

protein. The concentrated acid cleaning agent consisted of 30% HNO3 and 30% H3PO4 whereas the 182 

concentrated alkaline cleaning agent was made of 10% NaOH and 10% EDTA 183 

(ethylenediaminetetraacetic sodium salt). The acid cleaning was conducted at pH 3 and pH 11 for 184 

alkaline cleaning. The membrane was then air-dried to recover its hydrophobicity. In each case, this 185 

cleaning cycle allowed the membrane flux to be fully recovered. However each membrane was 186 

discarded after 3 to 5 experiments due to mechanical damage arising from the repetitive mounting 187 

and dismounting in the membrane cell. 188 

For both MF and UF processes, a stainless-steel cell (Sterlitech Sepa CFII, active membrane area 189 

0.014m2, 14.6cm x 9.5cm) was used with the same Hydracell M-03 pump to deliver a feed flow of ≈ 190 

3.7 L /min (CF ≈ 0.7 m/s). A high foulant PTFE spacer (65 mil diamond type) was used on the feed 191 

side to enhance turbulence and minimize fouling. The process was carried out at temperature ≈ 10oC 192 

with inlet pressure 200 and 400-500 kPa for MF and UF respectively.  193 

The liquid entry pressure (LEP) of the membrane was measured using a dead-end filtration cell. An 194 

unused membrane was mounted with the active side facing the liquid and the working liquid (salty 195 

whey) was pressurised perpendicular to the membrane using compressed air. The pressure was 196 

increased until the first droplet of liquid was observed on the support side. The LEP experiment was 197 

conducted at 50oC, to synchronize with the actual results from the MD experiment.  198 

Total solids were determined by recording sample weights before and after drying samples in an 199 

oven at 110oC. The total organic content was then determined by ashing at 600oC in a furnace and 200 

again recording the sample weight.  The cation concentrations in the solution were analysed using 201 

Inductively coupled plasma (ICP-OES 720ES, Varian). The instrument detection limit is 0.03 µg/L for 202 

Ca, 1 µg/L for Na, 10 µg/L for K and 0.1 µg/L for Mg (Varian 1991). The mineral analysis was 203 

conducted using UF permeate samples to avoid interference from proteins. Sugar analysis was 204 

conducted using High performance liquid chromatography (Shimadzu RP-HPLC), using a 205 
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monosaccharide analytical column (Phenomenex Razek RCM Ca2+ 8%, 300x7.8mm). A refractive 206 

index detector (RID) was utilized with water (0.5 mL/min) as the carrier at a column temperature of 207 

80oC.  208 

To analyse the composition of the mineral foulant deposited on the membrane, the fouled 209 

membrane was first rinsed three times using 1-propanol to wash off the excess aqueous liquid. The 210 

fouled membrane was then immersed in concentrated nitric acid (HNO3, 15.6 M, Scharlau) overnight 211 

and the proportions  of Na, Ca and P in the acid solution then determined  using Inductively coupled 212 

plasma atomic emission spectroscopy (720ES Varian).  A Scanning Electron Microscope (Quanta FEG 213 

200 ESEM) with EDX Scanner was utilized for surface observation of the membrane. The sample was 214 

mounted on a carbon stub uncoated. The imaging was conducted under low vacuum conditions. 215 

 216 

The total protein was quantified using the Bradford UV-absorbance technique at wavelength 595nm 217 

(Bradford 1976). The pre-filtered sample was diluted to ensure absorbance in the range from 0.05 to 218 

1. The reagent was supplied as a concentrate and was diluted with water at a ratio 1:4 . A 100 µL of 219 

either diluted sample or protein standard (Bovine Serum Albumin, BSA, Sigma Aldrich)  was added to 220 

5mL of dye reagent. The sample tubes were vortexed and the absorbance was measured at 595nm 221 

with a 1 cm path length using a disposable plastic cuvette. The BSA standard calibration curve was 222 

linear for protein concentrations of 0.2 - 1 mg/mL. The interaction of dairy protein with the dye 223 

might be different to the interaction between BSA and dye which may compromise the accuracy. 224 

Nonetheless, this method gives an initial approximation of the total protein.  225 

 226 

The protein composition was further investigated using sodium dodecyl sulphate polyacrylamide gel 227 

electrophoresis (SDS-PAGE). The sample was mixed with 4x sample buffer containing 0.1M 228 

dithiothreitol to cleave disulfide bonds. The sample was boiled for five minutes and loaded into the 229 

pre-cast 12% Tris-HCl Criterion gel. A constant voltage of 125V was applied for 70 mins. Proteins 230 

were identified by comparing the results to that of standard proteins (SeeBlue plus2).    231 
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3. Results and discussion 232 

3.1. Characterisation of Salty Whey Effluent  233 

The mineral, protein and sugar content of the four salty whey samples, is shown in Table 1. Data for 234 

samples B1, B2 and B4 are for the UF permeate as delivered directly from the dairy factory.  Data for 235 

sample B3 is after centrifugation and MF in our laboratory to remove suspended solids and fat.   236 

Table 1. Composition of the salty-whey. 237 
Sample Total 

Organic  
(%) 

Ash 
(%) 

Total Solid  
(%) 

Titratable 
Acidity 
w/v % 

B1 2.5±0.4 3.3±0.1 5.8±0.5 0.58 ± 0.11 
B2 1.8±0.1 9.6 ±0.4 11.4±0.5 0.58 ± 0.11 
B3 2.8±0.7 4.9±0.8 7.7±0.7 0.09 ± 0.01 
B4 2.1±0.3 6.5±0.4 8.6±0.7 0.10 ± 0.03 

 238 
Sample Total Protein 

g/L 
Lactose 

g/L 
Unidentified sugar 

g/L 
B1 2.4 ± 0.2 12.6 ± 2.7 7.5 ± 1.3 
B2 0.3 ±0.05 16.5± 1.9 4.5 ± 1.0 
B3 3.6  ± 0.3 11.0 ± 1.4 8.0 ± 0.6 
B4 0.2 ± 0.01 16.3 ± 3.0 4.7 ± 0.3 

Titratable acidity is equivalent to the concentration of lactic acid (pH 3.8 – 4.9 when measured independently) 239 
B1, B2 and B4 as received from the factory. B3  after laboratory MF. 240 
 241 
For some experiments, further ultrafiltration was conducted in the laboratory to remove any 242 

residual protein. As shown in Figure 2, protein concentrations were negligible after this step, as also 243 

confirmed with the Bradford method. This result is not unexpected, as the smallest whey-protein 244 

constituent i.e. α-lactalbumin (≈14.2 kDa) is larger than the membrane pore size (10 kDa). 245 

Furthermore, after this UF step, the fat content of all samples were also found to be negligible (<0.1 246 

g/L). 247 

 248 

Aside from protein and fat, sugar and minerals are present in the system and both components can 249 

influence the MD process. The sugars are mainly lactose (disaccharide) but further di/trisaccharide 250 

peaks were also detected. These sugars could not be reliably identified, so are listed in Table 1 as 251 
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unidentified. However, the major component of the salty whey is inorganic salt (ash), predominantly 252 

NaCl, which is deliberately added during the cheese manufacturing process (Table 2). 253 

Table 2. Mineral composition of the salty-whey. 254 
 Na  

g/L  
Ca  
g/L 

K  
g/L 

Mg  
g/L 

Cl 
g/L 

P 
g/L 

Conductivity 
ms/cm 

B1 11.2 ± 1.3 2.0 ± 0.2 1.5 ± 0.1 0.5 ± 0.004 17.4±0.7 0.25±0.1 39 – 43 
B2 32.5 ± 4.8 1.6 ± 0.2 1.7 ± 0.1 0.1 ± 0.004 50.2±2.2 0.43±0.02 110– 127 
B3 17.0 ± 1.7 1.4 ± 0.2 1.1 ± 0.1 0.1 ± 0.006 26.1±1.9 0.41±0.08 66– 74 
B4 23.7 ± 1.1 1.8 ± 0.2 1.6 ± 0.4 0.2 ± 0.01 30.0±1.4 0.35±0.02 82 -83  

 255 

3.2. Liquid Entry Pressure 256 

 The liquid entry pressure at 50oC for the salty whey effluent was determined for all three membrane 257 

pore sizes, before and after ultrafiltration (Figure 3).  The pore size of the membrane is as reported 258 

by the supplier (Sterlitech USA).  259 

  260 
There is some discrepancy between the measured LEP and that calculated from the Laplace-Kelvin 261 

equation (Eq 2) for pure water. The discrepancy may reflect the assumption that B = 1 i.e. cylindrical 262 

geometry. In reality, the PTFE membrane pores are more elongated or slit shaped (image not shown) 263 

so that B is lower,  0 < B <1 (Siminoni 2010).  Furthermore, the contact angle between water and the 264 

membrane was measured at ambient temperature which also leads to inaccuracy in the value 265 

calculated using the Laplace-Kelvin equation. 266 

 267 

The experimental LEP of pure water is more than double that of the salty whey waste even for the 268 

UF pre-treated solution. As the LEP measurement is conducted by applying pressure perpendicular 269 

to the membrane, the potential foulants, in this case the high concentration of mineral and sugars, 270 

are also pushed through the pore which reduces the surface hydrophobicity.  The LEP is greater for 271 

the B1 sample after ultrafiltration pretreatment, indicating that pore wetting is influenced by the 272 

presence of > 2 g/L of protein. For the B2 sample, the differences caused by ultrafiltration are small 273 

and generally within experimental error. This is not unexpected, as the original protein content of 274 

sample B2 was low. The effect of salt concentration on the LEP can be observed by comparing the 275 
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data for samples B1 and B2 after UF. In this case, as the salt concentration increases the LEP value 276 

falls from 175kPa (B1 after UF, 3wt % salt) to 168 kPa (B2 after UF, 10 wt% salt), for a 0.5 µm 277 

membrane. 278 

3.3. Membrane Distillation  279 

In a typical MD process, the permeate flux remains relatively stable for several hours, before 280 

declining rapidly and then reaching a second period of steady state operation at a much lower flux ( 281 

Figure 4). Similar behaviour has been recorded in other work (Martínez and Rodríguez-Maroto 2007, 282 

Tun et al. 2005, Yun et al. 2006, Zhang 2011). Mathematical modelling using the approach outlined 283 

by Schofield et al 1990 (Schofield et al. 1990), confirms that the consistently small decline in flux in 284 

the early stable region can be readily explained by the decrease in water activity as the solids 285 

concentration increases, which reduces the driving force for evaporation (Equation 1). However, 286 

such changes in water activity cannot explain the subsequent rapid decline in flux. Rather, it appears 287 

that this relates to the solution at the surface of the membrane reaching saturation and salt crystals 288 

beginning to form. Due to concentration polarisation, the concentration at the membrane surface 289 

can be significantly higher than in the bulk solution. Yun et al. (Yun et al. 2006) find that the onset of 290 

the rapid decline occurs at about 26 wt% solids in the bulk solution for a pure NaCl solution, while in 291 

the present case, the decline is initiated at a bulk salts concentration of around 15-20 wt%. This 292 

difference reflects the more complex nature of the salt mixture in the present case. Once the 293 

solution at the membrane surface is saturated, the deposition of salts may also lead to an additional 294 

fouling resistance (Tun et al. 2005, Yun et al. 2006).  Further water evaporation occurs at a constant 295 

low value, reflecting a balance between water removal and salt crystallisation to maintain the solid-296 

liquid equilibria.   297 

In previous work with sugar solutions (Martínez and Rodríguez-Maroto 2007, Schofield et al. 1990), 298 

the flux decline has also been attributed to increases in solution viscosity. However, in the present 299 

case, the experimentally measured changes in viscosity (data not shown) are insufficient to 300 

significantly contribute to the observed flux reductions.  301 
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 302 

At the beginning of the experiment, the flux for a salty whey waste solution containing > 2mg/ml 303 

protein is approximately 15% lower compared to the solution after further ultrafiltration to remove 304 

this protein (Figure 4).  A region of constant flux region is observed for ± 10 hours operating time for 305 

the UF treated sample whereas a gradual decrease in flux is observed for the untreated solution. 306 

This gentle decrease in the early region is probably associated with membrane protein fouling. The 307 

hydrophobic membrane is susceptible to deposition of organics which compromises the membrane 308 

efficiency and lowers the breakthrough pressure (LEP), as described above. However, significant 309 

liquid penetration through the 0.2µm membrane did not occur even after approximately 20 hours 310 

operation, as this would be indicated by a rapid, substantial increase in permeate flux and a 311 

reduction in permeate quality.  The TMP (transmembrane pressure) at the end of experiment is an 312 

average of 80 kPa with the highest pressure differential at the feed inlet point of 90 kPa. The LEP for 313 

this system is 135 ±14 kPa (Figure 3). Therefore throughout the experiment liquid penetration was 314 

not expected. 315 

 316 

Even a small trace of protein residue appears to influence the MD performance. This is evident from 317 

Figure 5 and Table 3, which compares the performance of a single batch of whey (B2) before and 318 

after further ultrafiltration (UF) to remove protein, processed with three different pore sizes. As 319 

expected, the flux increases with pore size, as the resistance to mass transfer is lowered. However, 320 

the flux in the early hours of each run is also clearly higher for the whey without protein than that 321 

containing 0.3 mg/ml. For the runs with 0.05 and 0.2 micron pore size, liquid penetration was not a 322 

major issue even with the trace of protein. A high permeate quality was achievable with the 0.05µm 323 

membrane, whereas for the 0.2 µm the permeate quality is slightly compromised, as shown in Table 324 

3.  325 

 326 
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Table 3. Results of the MD operation before and after ultrafiltration for Sample B2 (0.3 mg/litre 327 
protein) as a function of pore size. 328 

Pore size 
(µm) 

Trace 
protein 

Permeate Flux 
After three hours 

(kg/m2 h) 

Conductivity of  
the permeate 

tank 
(with dilution) 

Calculated 
permeate 

concentration 
(equivalent g/L 

NaCl)  
0.05 0.3 mg/ml 7 250 ± 88 µs/cm 0.3 
0.2 0.3 mg/ml 12 773 ± 36 µs/cm  0.8 

0.45 0.3 mg/ml 20 3.9 ± 1.4 ms/cm 3.6 
0.05 Nil 9 80 ± 27 µs/cm 0.1 
0.2 Nil 15 159 ± 89 µs/cm 0.2 

0.45 Nil 22 175 ± 62 µs/cm 0.2 
 329 

Nonetheless, for the untreated feed solution with the 0.45 µm membrane, pore breakthrough 330 

occurred after approximately 10 hours of operation. This is evidenced by the sudden and very rapid 331 

increase in flux at this point and the increase in conductivity within the permeate tank to 3.9 ms/cm. 332 

The LEP measured for the 0.45µm membrane using the B2 salty whey is very low at 55 ± 11 kPa 333 

(Figure 3). As the feed concentration increases during the filtration process, the LEP will decrease 334 

further, as noted in separate LEP measurements (Section 3.2). The accumulation of salts and trace 335 

protein on the membrane surface could further exacerbate this decline.  336 

 337 

The flux begins to decline immediately for filtration of the untreated feed solution for the system 338 

employing the 0.45 µm membrane. However, for all other cases, regions of relatively constant flux 339 

(with flux reduction less than 20%) can be observed for some hours. This period of steady state 340 

operation is longer for the runs with protein (11 and 25 hours for the 0.2 and 0.05µm membranes) 341 

than those with no protein (6 and 10 hours).  The longer period of steady state flux in these cases 342 

reflects the lower absolute value of this flux which means that the salt concentration increases more 343 

slowly. This is evident from Figure 6, which shows that the flux value for any particular salt 344 

concentration above 10 wt% is comparable, regardless of the protein concentration. As described 345 

above, the flux decline  in the initial periods of distillation corresponds to a fall in the driving force 346 

i.e. water activity (Hausmann et al. 2013, Schofield et al. 1990, Yun et al. 2006), while in the final 347 
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hours the flux is limited by the saturation concentration on the membrane surface and by a fouling 348 

layer.   349 

 350 

Regardless of the membrane pore size, the experiments without protein residue can all achieve 351 

approximately 30 ± 0.5 % w/w total solids at the end of the MD experiment (Figure 6). The permeate 352 

quality can be maintained with salt concentrations in the permeate of 200 mg/litre or below. At 30 353 

wt% solid concentration, the flux approaches zero, corresponding to the point at which salt 354 

crystallisation restricts the aqueous concentration to that given by the solid-liquid equilibria. Under 355 

these conditions, water can only evaporate as fast as salt can crystallise, in order to keep this 356 

aqueous concentration constant.  This rate is below the level of detectable flux. 357 

 358 

For the filtration with trace protein, the tighter pore membranes (0.05 and 0.2 µm) can similarly 359 

produce a concentrate with a solid concentration of 30 ± 1.5 % w/w. Since liquid breakthrough 360 

occurs during filtration using the 0.45µm membrane, the solids concentration that can be achieved 361 

is limited to 21.8 ± 1.1 % w/w.   362 

3.4. Effect of cross-flow velocity 363 

The experiments related to cross-flow velocity (CFV) were conducted using salty whey B2, after 364 

ultrafiltration in our laboratory to remove residual protein. With increasing CFV, both mass and heat 365 

transfer is enhanced due to reductions in concentration polarisation, which results in a higher 366 

permeate flux as depicted in Figure 7a. For a CFV of 0.2 m/s the zero flux condition is achieved in 367 

approximately 15 hours of operation. Constant flux operation can be maintained for 3.9 hours 368 

followed by the steep flux decline which is characteristic of saturation being reached on the 369 

membrane surface.   370 

At the lowest CFV 0.13m/s, the constant flux region is observed for up to 13 hours, but after this, the 371 

curve shape differs from other experiments.  The gentle decrease in flux might perhaps be due to 372 
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fouling accumulation on the membrane, this is expected as a lower CFV would increase the 373 

susceptibility to fouling. The flux drop due to a reduction of water activity is observed at 15 hours. 374 

  375 

At the initial conditions, i.e. a salt concentration of <10% w/w, increasing the CFV from 0.13 to 0.2 376 

m/s reduces the calculated concentration at the membrane surface(cm) from 110% to 107% of the 377 

bulk value (see Equation 4 and Figure 8). At the end of the filtration run, with the mixture solids 378 

concentration approaching 30% w/w, increasing the CFV in this manner would decrease the 379 

membrane concentration from 113% to 109% of the bulk value, in turn, reducing the solids 380 

concentration on the membrane surface  from cm, 0.13m/s = 34.0% w/w to  cm, 0.27m/s = 32.7% w/w. 381 

Nonetheless, the final total solid concentration of the retentate does not show a substantial 382 

difference, with the final concentration never exceeding approximately 30% w/w. This may be 383 

because salt precipitation is occurring in the bulk solution rather than at the membrane surface. We 384 

often observed salt crystals in the final solution after overnight storage, indicative of such bulk 385 

precipitation. Conversely, it may be only because such changes are within the range of experimental 386 

error. 387 

 388 

Operation at the highest CFV of 0.27 m/s provides the highest fluxes, but there is clear evidence of 389 

pore breakthrough after 22 hours of operation. This is clear both from the sudden change in flux 390 

behaviour seen in Figure 7 and also a rapid increase observed in the permeate tank conductivity 391 

from 713 µs/cm to 3.9 ms/cm. Due to this issue, the solids concentration can only reach 28±0.3% 392 

wt%.  Such liquid breakthrough is likely be a major issue with operating at higher CFV at an industrial 393 

scale, as it can lead to significant pressure drop across the channel length, which in turn can reduce 394 

the transmembrane pressure below the LEP,  particularly at high solute concentrations. 395 

 396 
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The prediction of the pressure drop  across the channel length(L) can be approximated using 397 

the correlation developed by Costa et al.(1994) (Da Costa et al. 1994, Koh et al. 2013). For a channel-398 

filled spacer, this pressure drop is influenced by the turbulence generated by the complex geometry 399 

of the channel and spacer. The total drag (Ctd) in the channel filled spacer is defined as (Da Costa et 400 

al. 1994): 401 

Eq 7.   402 

Where   is the fanning friction factor,   is the hydraulic diameter,    the solution density and 403 

=(  where ε is the spacer porosity.  A’ and n are fitted parameters based on the flow regime, 404 

spacer configuration and geometry.   405 

Figure 9a shows the pressure drop determined both experimentally and from Equation 6 with 406 

respect to cross-flow velocity and solids concentration. The pressure drop increases exponentially 407 

with n determined to range from 0.31 – 0.37 and A’ between 1.39 and 1.84. This shows that the flow 408 

regime lays within the upper range of the transition region (Da Costa et al. 1994). Despite the 90o 409 

spacer hydrodynamic angle that should generate high flow disturbance, the flow in the channel has 410 

not reached full turbulence. The increasing pressure drop with respect to the feed concentration is 411 

primarily due to changes in the feed properties i.e. higher density and viscosity (see Equation 6).  412 

The discrepancies between the predicted and experimental data in Figure 9a might be associated 413 

with the error in the dial pressure gauge reading and also to the pressure drop within the angled 414 

configuration of the liquid entry point of the filtration cell. Further, all predicted data is generated 415 

using the physical properties of NaCl due to the lack of availability of data for the real industrial salty 416 

whey effluent used. This simplification is chosen as the concentration of NaCl outweighs other 417 

compounds. However, impurities in the system such as calcium phosphate and lactose might also 418 

influence the pressure drop.  419 

 420 
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Comparing the pressure drop data to the LEP measurement, for the 0.2µm membrane, the LEP is 421 

170 ± 10 kPa at the initial conditions. With increasing filtration time and solids concentration, the 422 

hydrophobicity of the membrane would be compromised due to fouling deposition which leads to 423 

the liquid penetration problem at 0.27m/s CFV.  424 

While in the current bench scale experiments the pressure drop is not an issue in most experiments, 425 

for larger and longer systems that would be required for a scaled up plant, this can lead to severe 426 

breakthrough. To determine such effects in a 1m length membrane module, the pressure drop 427 

across the channel length is estimated using the same correlation (Figure 9b). Da costa et al (Da 428 

Costa et al. 1994) has tabulated the parameters for various spacers commonly used in industry and 429 

Conwed-1 (rhomboid, ε = 0.618, n = 0.24 A’ = 1.29) was chosen in the present case to give an 430 

example of how such a commercial unit may behave. As shown in Figure 9b, this results in a slightly 431 

higher pressure drop than that predicted for the laboratory spacer. While the pressure drop may be 432 

higher, the mass transfer coefficient might also be higher, allowing a lower CFV to be used for the 433 

same results. However, it is readily apparent that in either case, the transmembrane pressure will 434 

exceed the LEP values provided in Figure 3 for all pore sizes of 0.1 micron and above. Only the 0.05 435 

micron pore size membrane is viable at this scale. To obtain optimum water flux without 436 

compromising the product quality, a balance between the pore size and the CFV must be achieved. 437 

 438 

3.5. Effect of pH on product flux and membrane fouling 439 

Since fouling is a critical issue in membrane distillation, we also considered the impact of mineral 440 

scaling. These experiments were carried out using salty whey B3 and B4 after further ultrafiltration 441 

in our laboratory to completely remove the protein. Since the protein has been removed, any fouling 442 

contribution in this case should be due to inorganic scaling. Further, as these samples had a low 443 

titratable acidity of around 0.09 ± 0.01%  w/v (pH measured as 4.5 - 4.9, Table 1 ), this scaling is 444 
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more likely to occur than for Samples B1 or B2, as calcium salts are known to be more soluble in 445 

acidic solutions(Rice et al. 2009a, Rice et al. 2009b). 446 

The mineral scaling was first observed using scanning electron microscopy as shown in Figure 10a. It 447 

is readily apparent that while some scaling is observed, it is not sufficient itself to cause the very low 448 

or zero flux observed in the MD experiments. Rather this result confirms that the loss of flux is 449 

related to the solution reaching saturation at the solid liquid surface. Once crystallisation is initiated, 450 

the solution concentration is limited to that corresponding to the solid-liquid equilibrium condition 451 

and further evaporation can occur only at the rate of solid precipitation.  452 

Table 4. The mol ratio of redissolved minerals (Ca, K, Mg and P) relative to sodium(Na) for the 453 
original sample (B4), the foulant layer after membrane distillation and this foulant layer after 454 
membrane distillation of an acidified solution, by the addition of of 10ml of 2M HCl per L  of 455 
sample. 456 

Mol ratio Ca K Mg Na P 
Feed solution 1 0.95 0.14 23 0.49 
Foulant Layer Run 1a 1 0.06 0.04 1.6 1.00 
Foulant Layer Run 2b 1 0.31 0.09 8.3 1.15  
Foulant Layer after Acidification 1 0.78 0.18 20 1.12 
a in this run, the experiment was stopped immediately the flux dropped to zero 457 
b In this run, the experiment continued for several hours after the recorded flux dropped to zero. 458 
c. addition of 10 ml 2 M HCL to sample – pH 1.8 and 2.2 (to provide a contrast to the raw sample pH 4.5-4.9) 459 
   460 
To quantify this scaling layer, it was then dissolved in HNO3 and the composition of metallic 461 

elements determined (Table 4). In the initial feed solution, sodium is 23 times more abundant than 462 

calcium. However, the fouling layer removed from the membrane after membrane distillation 463 

contains significantly more calcium. It can be seen that the amount of sodium decreases to between 464 

1.2 and 9 times that of calcium. Similar behaviour is observed for phosphorus. This indicates that 465 

despite the much higher concentration of NaCl in the system, calcium phosphate salts are a major 466 

foulant.  467 

 468 

It is well known that the solubility of calcium phosphate salts is strongly dependent upon pH, with 469 

solubility increasing in more acidic solutions (Rice et al. 2009a, Rice et al. 2009b). Hence, to 470 

20 | P a g e  
 



determine if this mineral scaling could be avoided, a further trial was conducted, where the feed 471 

solution was first acidified to pH 1.8 by addition of HCl prior to membrane distillation. The 472 

membrane surface appears considerably less fouled when this approach is used (Figure 10b). The 473 

foulant layer from this experiment contained less calcium, with the ratio between Na:Ca closer to 474 

the initial ratio in the solution. This suggests that the calcium phosphate scaling has indeed been 475 

repressed.  However, the total quantity of foulant does not change dramatically, as evident from 476 

Table 5 which provides an estimate of the foulant coverage per square millimetre.   477 

Table 5: The total quantity of selected minerals presented on the membrane after membrane 478 
distillation and after membrane distillation of an acidified solution, by the addition of 10ml of 2M 479 

HCl per L  of sample. 480 
 481 

mMol /mm2 Ca K Mg Na  P Total 

Foulant Layer Run 1a 0.28 0.02 0.01 0.44 0.28 1.03 

Foulant Layer Run 2b 0.20 0.06 0.02 1.63 0.23 2.14 

Foulant Layer after Acidification 0.05 0.04 0.01 0.91 0.05 1.06 
a in this run, the experiment was stopped immediately the flux dropped to zero 482 
b In this run, the experiment continued for several hours after the recorded flux dropped to zero. 483 
 484 
Furthermore, while the feed solution exhibited a ratio of Ca:P = 2:1; this fell to 1:1 in the foulant 485 

layer, for both the unadjusted and the acidified feed solution. From the solubility data presented in 486 

Table 4, hydroxyapatite, with the lowest solubility product, might be expected to precipitate first. 487 

Nevertheless, some researchers argue that the formation of hydroxyapatite is preceded by brushite 488 

(CaHPO4.2H2O) or octacalcium phosphate (Ca4H(PO4)3) when the supersaturation levels are high 489 

(Rice 2008, Spanos et al. 2007). Precipitation of brushite is most consistent with the data presented 490 

here, as the Ca:P ratio is 1:1. 491 

492 
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 493 

Table 6. Solubility of common calcium salts in dairy systems (Rice 2008, Walstra et al. 1984, 494 
Marshall and Daufin 1995, Smith and Martell 2004). 495 

Salt name Solubility product (Ksp, 20oC) 
Dicalcium phosphate (monetite, CaHPO4)  1.26x10-7    
Dicalcium phosphate dehydrate (brushite, CaHPO4.2H2O) 2.6x10-7 
Octacalcium phosphate (Ca4H(PO4)3) 1.2x10-47 
Tricalcium phosphate (Ca3(PO4)2) 1.15x10-29 
Hydroxyapatite (Ca5OH(PO4)3) 1.8x10-58 
Magnesium phosphate (MgHPO4.3H2O) 1x10-4 

 496 

While acidification changed the nature of the mineral scaling, the effect of acidity on the flux is not 497 

significant (Figure 11a), consistent with the results in Table 5. It can be seen that with the addition of 498 

10ml of 2M HCl per litre, the flux is very similar to the unadjusted feed in the early stages of 499 

filtration, yet for 20ml HCl the flux is slightly higher. Beyond 15 hours of operation, the more acidic 500 

system maintains a steady-flux of approximately 1.7 to 1.3 kg/m2 h for some 5-10 hours, whereas 501 

the flux of the unadjusted solution falls to zero. However, as shown in Figure 11b, the flux at any 502 

particular solids concentration changes little after acid addition and there is insignificant change to 503 

the final solids concentration. This indicates that this acidity adjustment is ultimately of no value 504 

since for all systems, liquid penetration is not observed and the salt rejection is maintained to be > 505 

99%. 506 

 507 

4. Conclusions 508 

Salty whey waste streams have been successfully concentrated from less than 10 wt% solids to 30 509 

wt% solids using membrane distillation. Depending upon the initial solids concentrations in the feed 510 

stream, 37-83% of the water was recovered in a pure form. The permeate flux and hence the time 511 

required for the operation was affected by the presence of even small quantities of protein in the 512 

solution. This flux was also affected by the crossflow velocity and the membrane pore size. While a 513 

range of pore size membranes could be used at the laboratory scale, pressure drop calculations 514 

suggested that a pore size of 0.05 micron or smaller is required at industrial scale to prevent liquid 515 
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breakthrough. While the flux in the early periods of operation was dominated by the water activity, 516 

the final salt concentration appeared to relate to the solution reaching saturation and crystallisation 517 

of salts commencing. The addition of acid to the feed solution changed the nature of the salt 518 

crystallisation on the surface of the membrane, but had little impact on the final salt concentration 519 

or the flux. This indicates that while calcium scaling occurred, this was not the rate determining step 520 

in this operation.  521 

 522 
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 641 

Figure captions 642 

Figure 1. Schematic diagram of the direct contact membrane distillation apparatus, counter-current 643 

configuration. TT = Temperature transmitter, PT = Pressure Transmitter 644 

Figure 2. Examples of the protein present in the samples determined by SDS-PAGE using Sample B3. 645 

The first three channels are the permeate after both microfiltration and ultrafiltration (MF/UF); the 646 

next three channels are the permeate after microfiltration (MF) and the next three are a 1/8th 647 

dilution of the raw sample. The final channel is a control, showing representative molecular weights. 648 

Figure 3. The liquid entry pressure of water and commercial salty whey effluent (samples B1 and B2) 649 

before and after additional ultrafiltration (UF) in the laboratory. The measurements were conducted 650 

with a heated cell at ≈ 50oC. The calculated LEP value for water is from Equation 2 using the surface 651 

tension of water at 50oC (6.79x10-2 N/m) and the water-membrane contact angle determined at 652 

room temperature (123o).  653 

Figure 4. The flux behaviour during MD with a large amount of protein in the system (2.4 g/litre, 654 

Sample B1), and a membrane pore size of 0.2 µm. Results are shown both for the sample as received 655 

from the factory and after further ultrafiltration (UF) in our laboratory. Cross-flow velocity 0.2 m/s, 656 

feed temperature 50oC permeate 10oC. 657 

Figure 5. The effect of trace protein (0.3 mg/litre, Sample B2) as a function of the membrane pore 658 

size (a) as received from the factory (b) After further ultrafiltration(UF) in our laboratory. Cross-flow 659 

velocity 0.2 m/s, operating temperature feed 50oC permeate 10oC. 660 

Figure 6. Permeate flux as a function of the total solids concentration during the MD process (0.3 661 

mg/litre, Sample B2), before and after further ultrafiltration (UF) in our laboratory to remove 662 

residual protein. Cross-flow velocity 0.2 m/s, operating temperature feed 50oC permeate 10oC. 663 
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Figure 7. The effect of cross-flow velocity on permeate flux as a function of (a) time and (b) total 664 

solids concentration, for a membrane of 0.2 µm pore size and Sample B2 after UF in our laboratory 665 

to remove residual protein. Operating temperature of feed 50oC, permeate 10oC.  666 

Figure 8. The calculated concentration polarization ratio as a function of increasing solids 667 

concentration in the feed and cross-flow velocity  for a membrane of 0.2 µm pore size, sample B2 668 

after UF in our laboratory to remove residual protein. Operating temperature feed 50oC permeate 669 

10oC. 670 

Figure 9. The pressure drop as a function of the total solids in the feed, with respect to the cross-671 

flow velocity for the 0.2 µm membrane. Operating temperature feed 50oC permeate 10oC. (a) Lab 672 

scale - the symbols represent experimental data, while the curves are fits to Equation 6 with n = 673 

0.31, A’ = 1.39. (b) Predicted values for a 1 m channel length using both the laboratory spacer and a 674 

typical industrial spacer. 675 

Figure 10. SEM images of the mineral scaling following membrane distillation of salty-whey with 676 

titratable acidity 0.09% w/v (Sample B3) using a  0.2 µm membrane and a cross-flow velocity 0.20 677 

m/s. Operating temperature of feed 50oC, permeate 10oC. (a) Original Sample (b) Sample acidified to 678 

pH 1.8 by the addition of 10ml of 2M HCl per litre. 679 

Figure 11. The permeate flux  at different feed acidities  as a function of (a) time and (b) total solids 680 

concentration for a membrane of 0.2 µm pore size, with a cross-flow velocity 0.20 m/s. Operating 681 

temperature feed 50oC permeate 10oC. The feed solutions were UF pre-filtered to eliminate trace 682 

protein.  683 

 684 

Tables 685 

Table 1. Composition of the salty-whey. 686 

Table 2. Mineral composition of the salty-whey. 687 
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Table 3. Results of the MD operation before and after ultrafiltration for Sample B2 (0.3 mg/litre 688 

protein) as a function of pore size. 689 

Table 4. The mol ratio of redissolved minerals (Ca, K, Mg and P) relative to sodium(Na) for the 690 

original sample (B4), the foulant layer after membrane distillation and this foulant layer after 691 

membrane distillation of solution acidified to pH 1.8 by the addition of of 10ml of 2M HCl per L  of 692 

sample. 693 

Table 5: The total quantity of selected minerals presented on the membrane after membrane 694 

distillation and after membrane distillation of an acidified solution, by the addition of 10ml of 2M 695 

HCl per L  of sample. 696 

Table 6. Solubility of common calcium salts in dairy systems (Marshall and Daufin 1995, Rice 2008, 697 

Smith and Martell 2004, Walstra et al. 1984).    698 
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